Homogenous oil in water dispersion has been investigated in a horizontal pipe. The mean droplet size is 25 µm. Experiments were carried out in a 7.5 m long transparent pipe of 50 mm internal diameter. The wall friction has been measured and modelled for a wide range of flow parameters, mixture velocities ranging from 0.28 to 1.2 m/s and dispersed phase volume fractions up to 0.6, including turbulent, intermediate and laminar regimes. Flow regimes have been identified from velocity profiles measured by PIV in a matched refractive index medium. It is shown that the concept of effective viscosity is relevant to scale the friction at the wall of the dispersed flow. Based on mixture properties, the friction factor follows the Hagen-Poiseuille and the Blasius' law in laminar and turbulent regimes respectively. Interestingly, the transition towards turbulence is delayed as the dispersed phase fraction is increased.
Introduction
In this article, the determination of the wall friction law of a homogeneous dispersed liquid-liquid flow in a horizontal pipe is addressed. This problem is of particular interest in oil extraction processes and in many other industries dealing with the transport of emulsions. 1 Oil production is still associated with a high water throughput which tends to increase as wells are aging. There have been a number of experimental studies dealing with the flow configurations of co-current liquid-liquid flow in horizontal pipes. Depending on the mixture velocities and phase ratios, the flow can take different spatial configurations, dispersed or stratified, or dual layer stratified-dispersed. [2] [3] [4] [5] Fully dispersed flows occur at high mixture velocities, when the turbulence level is high enough to maintain a suspension of drops in the bulk flow. The flow is said to be homogeneous when the drops are uniformly distributed across the whole pipe cross-section.
Homogeneous dispersed flows have given rise to quite a number of experimental studies aiming at measuring and scaling local flow field in gas-liquid, solid-liquid and gasparticle dispersed turbulent channel flows. [6] [7] [8] [9] [10] [11] [12] Most of them deal with inertial particles or high particle Reynolds numbers (for bubbles). Detailed measurements in turbulent liquid-liquid pipe flows have been poorly addressed. 13, 14 Modelling homogeneous dispersed flows cannot be undertaken without addressing the question of turbulence damping or enhancement. An informative review of this problem can be found in the paper of Sundaresan et al., 15 highlighting the lack of available theory to predict such mechanisms, even for dilute conditions, simple geometries and small size particles (i.e smaller or of the order of the Kolmogorov scale). Depending on the particle size with respect to turbulent length scales, the Stokes number (the ratio between the inclusion relaxation time and the fluid time scale "seen" by the inclusion), and the particle Reynolds number, the turbulence can be enhanced or reduced. The inclusion of the effect of concentration and polydispersity has not yet been achieved so far.
In the case of low inertia suspensions in liquids, (i.e low Stokes and particle Reynolds numbers), the mean slip velocity and particle inertia are negligible and it is generally accepted that the fluid-particle interaction can be described through an effective viscosity effect which increases with increasing the concentration of the dispersed phase. This assertion is mainly based upon wall friction measurements in pipe flow as a function of drop concentration. 16, 17 Pal 18 observed a drag reduction effect with unstable dispersions, which disappears or is significantly reduced in the case of surfactant stabilized emulsions. Pal also found that stabilized emulsions can be described as a single phase flow with effective properties in both laminar and turbulent regimes. Similar results were also observed in vertical pipe flow. 17, 19, 20 An interesting problem is the laminar-turbulent regime transition in dispersed flows. In the case of fine emulsions, the results of Pal 18 show that Hagen-Poiseuille law is valid for mixture Reynolds numbers ranging up to 4000, suggesting that the drops tend to delay the transition to turbulence. More recently, Matas et al. 21 studied this problem with neutrally buoyant solid particles in a pipe flow. Their results clearly show that the transition towards turbulence occurs at smaller mixture Reynolds numbers for large particle-to-pipe diameter ratios, while it is unchanged for smaller particles at concentrations lower than 0.2-0. 25 . Above this concentration, small particles delay the transition to turbulence. Therefore, it can be concluded that even with low inertia suspensions where effective properties can be used to scale the wall friction, laminar-turbulent transition is a function of not only the mixture Reynolds number, but also of the concentration. The last observation also underlines the need for detailed flow measurements in concentrated suspension flows.
In the present work, the hydrodynamic local field of a homogeneous liquid-liquid dispersion flowing in a horizontal pipe has been measured with Particle Image Velocimetry, using the refractive index matching technique. Combining these data with pressure drop measurements, the wall friction and effective viscosity of the emulsion have been identified and scaled in a wide range of flow parameters (mixture velocity and drop concentration), from the turbulent to the laminar regime.
This article is structured as follows: In the first section, the liquid phase system, the experimental device, the measurement technique and the flow parameters are presented. The homogeneous flow domain is drawn on a mixture velocity-concentration map and the stability of the dispersion is also addressed. The results are then presented and discussed for the three different flow regimes studied: turbulent, laminar and intermediate. For each flow regime, the longitudinal velocity profile and the pressure drop measurement are presented and discussed at different concentrations and velocities. The effective viscosity derived from these measurements is then discussed and its evolution with concentration is compared to existing models. In the last section, the wall friction factor is presented and discussed as a function of the mixture Reynolds number. The main results are summarized in the Conclusion section.
Experimental
The experimental device and fluids used in this study are similar to those of Conan et al. 22 who studied the stratified-dispersed flow configuration. The experimental loop was modified in order to generate homogeneous flow of small drops using the centrifugal pump of the continuous (aqueous) loop.
Phase system
The properties of the two fluids are reported in Table 1 . The continuous phase is an aqueous solution of glycerin at 43% vol/vol. The dispersed phase is n-heptane (technical grade), immiscible with water. At 29°C, the two phases have their refractive index matched (1.385) allowing light transmission without deviation. Experimental set-up A schematic of the whole setup is shown in Figure 1 . The device comprises a 7.5m long horizontal pipe of 50mm internal diameter, a gravity settler, an entry section, two centrifugal pumps, and a secondary loop with heat exchangers which regulate the flow temperature in the loop. In order to implement optical techniques, the duct is made of poly methyl-methacrylate (PMMA), and movable square boxes (30cm long) filled with water are mounted along the pipe to reduce optical distortions.
The two fluids are stored in the gravity settler (400L). Each phase is pumped from the settler to the pipe inlet by centrifugal pumps of variable rotation speed. Flowrates are measured with the help of an electromagnetic flowmeter and a vortex flowmeter, for the aqueous and the organic phase respectively, with an accuracy of 0.5%. Oil and water phases merge in a Y-junction, at the pipe inlet. Upstream of the Y-junction a convergent section has been mounted on the water loop to eliminate or reduce secondary flows in the pipe. The startup procedure of the experimental device is operated in two stages. At first, each phase is continuously fed in the pipe and separated in the gravity settler (no dispersion is produced at this step). Then, a set of four electrovalves mounted on the circuit (see Figure 1 ), allow to bypass the gravity settler and direct both oil and water phases in a single circuit (the water loop)
at the desired concentration.
With this system, both phases flow in the aqueous phase loop and a fine dispersion of oil in water is continuously maintained by the centrifugal pump. At the end of a series of experiments, the dispersed phase fraction is measured by sedimentation of a few millilitres sample.
Flow temperature is adjusted thanks to a heat exchanger fed by a secondary heated water circuit. The temperature of all experiments has been set to 29°C with an accuracy of 0.1°C. . Thus, they can be considered as flow tracers over the range of flow velocity investigated. The PIV system comprises a high frequency laser (10kHz) and a high speed camera, RS 3000 (3000frame/s at 1024×1024pixels 2 image resolution), equipped with a 100mm focal lens. The laser source is a dual-head, diode-pumped Nd:YLF system (λ=527nm . The enlargement factor is estimated with a graduated transparent rule placed inside the duct. PIV measurements were realized 3.3m after the duct entry.
Drop size
The drop size distribution was analyzed with a laser granulometer (Mastersizer 2000).
A sample is directly taken from the pipe and diluted in water to increase the refractive index difference between dispersed and continuous phase. Figure 5b ). This is expected to be due to the fact that, when settling in the upper part of the pipe and forming a dense layer, oil drops capture micro-particles like in a flotation process. As such a layer is free of turbulence as shown by Conan et al. 22 and the mean velocity rapidly cancels, the concentration remains stable in that layer and higher than in the bulk. Images at others velocities (not shown) indicated that the thickness of the dense layer decreases as the flow velocity increases. This layer is probably composed of the largest drops of the size distribution. concentration, however, multiplying the emulsion viscosity by a factor 10 is equivalent to dividing the largest drop settling velocity and its displacement by the same factor. This is the reason why homogeneous laminar flow can be considered as stable at the scale of the present experiments. It also explains that the discrimination between homogeneous and partially stratified flow was hardly detectable in the range of concentration studied.
The results for the different flow regimes are described in the next section.
Results

Turbulent regime
The velocity field PIV measurements were first performed with single phase flow (water/glycerin mixture). For U 0 >0.28m/s (Re 0 >4800), it was verified that the flow is established and parallel at 3.3m from the pipe inlet. The longitudinal mean velocity ( x V )
profile follows the expected trend in turbulent regime. An example of the radial profile of x V is plotted in Figure 7 (cross symbols) at a mean velocity U 0 =0.42m/s (Re 0 =7200).
The universal power law in turbulent pipe flow reads:
where max x V is the velocity at the centre line and
. In equation (1), the exponent (1/n) slightly varies with the Reynolds number. 25 For Re 0 =7400, 1/n is equal to 2/13 (n=6.5), and the corresponding profile has been reported in Figure 7 
For these three cases (single phase and the two dispersed flows), the wall law is displayed in Figure 8a , scaling the axial mean velocity by the wall friction velocity 
is the mixture density of two-phase flows. In single-phase turbulent pipe flow, the velocity profile near the wall is given by the universal log-law in the inertial layer:
where κ is equal to 0.41, and the linear law is valid in the viscous layer 
The mixture Reynolds number is given by:
where µ m is the effective dynamic viscosity of the dispersion, a priori unknown. Therefore, the evolution of the pressure drop as a function of mean velocity reads: Note that on these graphs, full symbols correspond to partially stratified regime at low velocity and do not deviate much from the pressure drop law. This is due to the weak value of the stratified layer thickness δ s . It can be shown that the main contribution to the correction of the pressure gradient is of the order of (   , leading to the conclusion that the drops are not deformed.
Laminar regime
At high dispersed phase fraction  ≥0.51 and 0.56<U m <1.2m/s, the flow becomes laminar (see Figure 6 ). Two vertical profiles of the longitudinal velocity are illustrated in 
The relative accuracy on the maximum velocity is 1.7% and 7% at U m =0.56 and 0.7m/s respectively. This result suggests that the concentrated emulsion behaves as a Newtonian fluid with an effective viscosity that can be determined using the pressure drop-mean velocity curve displayed in Figure 11 . On this figure, the pressure gradient varies linearly with the mixture velocity. In this flow regime, the friction factor is therefore given by HagenPoiseuille law: The viscosity value deduced from Eq. 12 can be compared with those obtained from the velocity measured at the centre line V xmax (the relative difference will be the same as that between V xmax and 2×U m which is very low). For three different concentrations in the laminar regime, these values are reported in Table 3 . At this concentration, the effective viscosity is an order of magnitude higher than the continuous phase viscosity (3.210 -3 Pa.s) and is a rapidly growing function of the concentration. Values predicted by the Eilers correlation for liquidliquid emulsions (Eq. 17) are also reported. The correlation does fit our data very well, the discrepancy being well below the pressure drop measurement uncertainty. As for the turbulent regime, it seems relevant to verify that the Newtonian behaviour of these dispersions is consistent with a spherical shape of the drop. In laminar flow, the maximum capillary number (based upon the mixture viscosity) can be calculated from the velocity gradient at the wall:
For a mean velocity of 1.1m/s and an effective viscosity of 0.05Pa.s, the maximum value of the capillary number is 3.610 -3 , suggesting that the drops remain spherical.
Note that the laminar Newtonian regime has been verified for a concentration as high as 0.56. Measurements were performed at a concentration of 70% and the velocity profiles clearly exhibited a non-Newtonian behaviour (shear-thinning). It is interesting to point out that Conan et al. 
In this relation, the function ) ( g is given by the Newtonian behaviour of the emulsion. For values of the Ohnesorge number larger than this critical value, the drops will be deformed and the emulsion behaviour will no longer be Newtonian. This will be the case in Small pipe diameter and high velocity will also favour drop deformation in that regime. As expected, the effect of the mixture viscosity is weaker than in laminar regime.
Intermediate regime
In a narrow range of mean velocity and concentration, the flow regime is neither laminar nor turbulent. This regime occurs for 0.35< <0.45, 0.56<U m <1.2m/s and for  =0.31, U m <0.85m/s (see Figure 6 ). Mean velocity profiles have different shapes depending on mixture velocity and phase fraction. Two typical mean velocity profiles measured in this regime are reported in Figure 12a and 12b for two different concentrations at the same mean velocity ( =0.43, U m =1.2m/s) and ( =0.37, U m =1.2m/s). The mean velocity profiles of Figure 12 are clearly not symmetrical. This shape is due to the fact that the average values do not converge over a 4s integration time scale, and a much longer integration time length should be chosen in that case. This phenomenon is attributed to the alternation of laminar and turbulent flow sections at low frequency, characteristic of this intermediate regime. 25 We can observe on these graphs that the velocity profile of Figure 12a is closer to a parabolic profile while that of Figure 12b is closer to a turbulent profile, the maximal velocity being smaller in the latter case. Considering the increase of mixture viscosity with the dispersed phase concentration (due to the effective viscosity), the Reynolds number would be lower for  =0.45 than for 0.37 which is coherent with the velocity profiles shapes. These results confirm the validity of the effective viscosity concept in the intermediate regime. 
Mixture viscosity model
There are many effective viscosity models for low inertia suspensions and emulsions. 1, 16 In the case of Newtonian emulsions, the model of Krieger and Dougherty In that range of concentration, polydispersity will tend to reduce the emulsion viscosity and a strong shear thinning behaviour is observed. 
Wall friction factor
Experimental values of wall friction calculated from Eq. 6 as a function of mixture Reynolds number using the viscosity model of Krieger and Dougherty (Eq. 16), are displayed in Figure 15a However, Figure 15a exhibits some differences with single-phase flow behaviour which are worth to be pointed out. These differences occur in the transition region which is shown in expanded view in Figure 15b (including additional data sets). In this graph the dashed line represents the average curve of Nikuradse 29 data in single phase flow. In the transition region, this curve is above our experimental data, the closest data set corresponding to it being that of  =0.31. As the concentration is increased, experimental data move downward away from this curve, indicating a delay to transition towards fully developed turbulence. The matching of Blasius' law is observed for a Reynolds number close to 5000 at  =0.37 and probably for a larger Reynolds number at larger concentrations, although we could not collect data in that domain, due to the insufficient pump power. Note also that the limit of Newtonian emulsion can be reached at higher Re m , leading to a drag reduction effect induced by the drop deformation. Further experimental and/or numerical investigations are required in the transition regime to validate this trend.
